A polymer electrolyte fuel cell membrane electrode assembly (PEFC MEA) model that focuses on the structural and reaction parameters of catalyst layers has been developed. The reaction and structural parameters were modeled independently by considering the oxygen reduction reaction (ORR) activity in terms of current per unit active surface area of Pt [A cm -2 -Pt]. The catalyst layer models were constructed based on an assumption of cylindrical secondary pore structure, which was verified by measuring the primary pore size using mercury porosimetry. We found that penetration of Nafion ® electrolyte into the primary pores of Pt/C catalysts was restricted, and thus diffusion and reaction in primary pores became negligible. Moreover, the experimental results demonstrated that for the same catalyst, ORR activity remained almost constant, irrespective of the agglomerate size (i.e., 2.7 × × × × × 10 -6 A cm -2 -Pt at 60°C for Pt/C TEC10E50E in this study). This supported our idea that reaction parameters and structural parameters should be considered independently in PEFC modeling. The cell performance predicted with the developed model was satisfactorily accurate as compared to that obtained from experiments. As a result, the modeling developed in this study can be used to construct simple PEFC models that yield results with good accuracy and can be a useful tool for the development of PEFCs in future.
Introduction
Polymer electrolyte fuel cells (PEFCs) are considered one of the most promising power sources for future automobiles, stationary and portable power applications (Weber and Newman, 2004a; Stamenkovic et al., 2006) . However, currently available PEFCs have not been completely commercial because of various problems related to their performance and production cost. The operation of PEFCs involves many complex phenomena and reactions, which affect their overall performance. These phenomena must be thoroughly investigated in order to improve, predict, and optimize the cell performance so that PEFCs can genuinely be applicable in such applications. However, experimental approaches are time-consuming, expensive and highly uncertain. As a result, modeling approaches that are less time-consuming, inexpensive and more versa-tile have recently played an important role in the development of PEFCs.
Most of the PEFC models developed so far can be categorized into three main types based on their considered dimension, namely through-plane (sandwich), in-plane, and along-channel dimensions. Typically, inplane and along-channel PEFC models are those focusing on water and heat transport phenomena in the diffusion layers (Lin et al., 2004; Acosta et al., 2006; You and Liu, 2006) , gas flow channels (Meng and Wang, 2005; Wang and Wang, 2006) , and electrolyte membrane (Thampan et al., 2000; Rowe and Li, 2001; Weber and Newman, 2004b) . Since water and heat transports are more important in diffusion layers, gas flow channels, and electrolyte membrane, these models do not focus on reactions occurring in the catalyst layers.
Although water management in the catalyst layers of PEFCs is vital to PEFC modeling (Eikerling, 2006; Shah et al., 2006) , electrochemical reaction in a thin component like the catalyst layer is more important when through-plane dimension is considered. Therefore, the through-plane (sandwich) models (Siegel et al., 2003; Wang et al., 2004; Karan, 2007) are those focusing on the electrochemical reaction occurring at pore levels in the catalyst layers.
Parameters corresponding to the catalyst layers can be divided into three categories: physical parameters, reaction parameters, and structural parameters. Physical parameters such as diffusion coefficient and proton conductivity, and reaction parameters such as oxygen reduction reaction (ORR) activity are inherent properties of each material, and thus they are independent of the structure of catalyst layers (primary and secondary pore size, porosity, agglomerate size, etc.). Therefore, once the material to be used in the PEFC is decided, the performance of PEFCs will be controlled only by the structural parameters. Among these parameters, a reaction parameter called ORR activity is very important as it determines the reaction rate of overall ORR and the output performance of the PEFC. However, previous PEFC models mentioned above have normally considered the ORR activity in terms of current per unit surface area of the electrode [A cm -2 -electrode] or current per unit volume of the catalyst layer [A m
-3 ] or current per unit volume of the catalyst agglomerate [A m -3 -agglomerate] . In this way, the effect of catalyst structures such as agglomerate size, porosity, etc. is taken into account in the ORR activity. This contributes to a drawback that the effect of structural and reaction parameters cannot be clearly and independently analyzed, and this limits the versatility of the previous models.
In our recent work (Limjeerajarus et al., 2009 ), the ORR activity was calculated in terms of current per unit active surface area of Pt (i 0,Pt [A cm -2 -Pt]) in order to prove that Pt loading had no effect on the ORR activity. Hence, the idea of i 0,Pt was introduced in the present work for analyzing the structural and reaction parameters independently so as to make PEFC modeling more efficient that can be used to study the effect of each parameter on the cell performance.
In addition, investigation of the microstructures of the catalyst layer is a very important issue. The effect of catalyst agglomerate size on catalyst microstructures was investigated to verify the validity of an assumption of a cylindrical secondary pore structure, which was used in our modeling. A model of singlecell PEFC MEA was developed using the experimental results. Finally, the model was validated by comparing the results of cell performance obtained from simulation and experiments.
Model Development

Model description and assumptions
Since the catalyst layer is the most important component of PEFCs from the viewpoint of electrochemical reactions, the developed model focuses on the catalyst layers. The model is developed based on a cylindrical secondary pore structure, in which diffusion and reaction occurring inside the primary pores are assumed negligible. This assumption has been verified by measuring the primary pore size (presented later in Section 4.2). The observed primary pore size distribution indicates that in the case of Pt/C catalysts, the penetration of Nafion ® ionomer into the primary pores is restricted, and thus active Pt particles are at the surface of cylindrical secondary pores. As a result, the validity of the cylindrical secondary pore model is confirmed. Then, the model of catalyst layers is connected to that of the electrolyte membrane to complete a onedimensional (sandwich direction), single-phase, and isothermal single-cell MEA modeling. Note that diffusion of gas species through the diffusion layer is considered to be the boundary condition.
The key assumptions in the model are described below.
• Diffusion and reaction in the primary pores inside catalyst agglomerates are negligible: This assumption is evidenced by experimental results, which show that in the case of Pt/C catalysts with Nafion ® as the electrolyte, the primary pore size is unaffected by agglomerate size. This implies that Pt particles inside the primary pores are not active, and thus diffusion and reaction in the primary pores can be neglected vis-à-vis those in the secondary pores. This issue is discussed in detail in Section 4.2.
• Structure of cylindrical secondary pores: On the basis of aforementioned assumption, utilizable Pt particles are on the surface of the secondary pores with uniform Pt utilization. The secondary pores are modeled to have a cylindrical structure, where the proton-conducting polymer is homogeneous in thickness, as shown in Figure 1 . Gases in the secondary pores diffuse in the x-direction and the adsorbed gases diffuse in the radial direction of the cylinder. • Single-phase or gas-phase flow: The aim of this work is to focus on the reaction and structural parameters of catalyst layers; therefore, liquid-phase water management is not considered in this model.
•
Isothermal system: Non-isothermal models developed by other research groups indicated that the temperature distribution across 1-D sandwich direction is normally uniform (around 1°C), and thus the isothermal assumption is valid for sandwich models (Weber and Newman, 2004a ). 1.2 Physico-electrochemical processes considered in secondary pores of the catalyst layer As presented from the physicochemical viewpoint in Figure 1 , the overall reaction and transport phenomena occurring in the secondary pores of the catalyst layers can be described in terms of the following five processes:
1. Binary gas diffusion into the secondary pores of the catalyst layer, as described by Fick's law. 2. Adsorption of fuel gases onto electrolyte at the gas-electrolyte film interface, in accordance with Henry's law. 3. Binary diffusion of the dissolved gases into the proton-conducting polymer, as described by Fick's law. 4. Electrochemical reaction on the surface of Pt at the three-phase boundary, as described by the Tafel equation. 5. Proton migration in the polymer and electron migration in carbon, in accordance with Ohm's law.
Model Equations
Structural models of the catalyst layer
We characterized the structural model of the catalyst layer on the basis of microscopic structural parameters such as the Pt particle radius, Pt density, carbon particle radius, and carbon density, and macroscopic structural parameters such as the catalyst layer thickness and active Pt surface area. The active Pt surface area is modeled by considering Pt utilization obtained from cyclic voltammetry (CV). The influences of the thickness of the catalyst layer and active Pt surface area on the cell performance are expressed as proton conduction/mass transfer and reaction rate, respectively.
Considering structure of the catalyst layer presented in Figure 2(a) , catalyst layer thickness can be estimated on the assumption that the carbon particles are perfect spheres and are closely packed in a regular array.
The number of carbon particles in a single carbon sheet with a cross-sectional area of 1 cm 2 , N sheet , can be expressed as a function of the radius of a carbon particle, r cb , as follows: First, the weight of a carbon particle (w cb ) and the weight of a Pt particle (w Pt ) can be estimated as follows: The Pt loading (S) can be expressed as follows:
where N represents the number of introduced Pt particles per geometric area of the electrode in cm 2 . Therefore, the number of carbon particles introduced on the electrode is equal to N/n. The number of carbon particle layers, N layer , can be obtained by dividing N/n by N sheet . Thus, the thickness of the catalyst layer, L, can be estimated as follows:
To express the thickness of the catalyst layer L in terms of two macroscopic parameters, S and m, we can combine the equations mentioned above to yield
Hence, the pore length can be calculated by including the effect of tortuosity of the catalyst layer τ CL , which is typically estimated from Bruggeman's expression (τ = ε -0.5 ), as follows:
2.2 Mass transport models in the cathode catalyst layer The mass balance equations described in this section are developed on the basis of the properties of a single cylindrical secondary pore. The gas concentration, C i , of species i in a secondary pore in the catalyst layer is governed by the following mass balance equation: . z denotes the number of electrons transferred per reaction. Therefore, the values of z for oxygen reduction and hydrogen oxidation are 4 and -2, respectively. Based on our assumptions of binary gas diffusion, the Stefan-Maxwell equation for multi-component diffusion can be reduced to Fick's law for binary gas diffusion. Thus J i (refer to process 1 in Figure 1 ) is defined as follows:
where D i gas is the gas diffusion coefficient of species
The reactant gases dissolve in liquid water in the polymer (refers to process 2 in Figure 1) . Hence, the solubility of gas in liquid water obeys Henry's law. According to Henry's law, the solubility of a gas in liquid is proportional to the partial pressure of the gas. The solubility here is expressed in terms of the molar ratio y in the solvent. We can also obtain the dependence of solubility on temperature expressed as follows:
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In this correlation, the partial pressure of the gas is 101.3 kPa. The values of dimensionless parameters γ 1 , γ 2 and γ 3 are shown in Table 1 . For simplification of the calculation in this model, it is preferable to use C i than the molar ratio. Thus, a formula for converting the molar ratio to concentration must be developed. The molar ratio of oxygen, y O 2 , can be written as
This is because the molar number of oxygen, g O 2 , is considerably smaller than that of water g w and is neglected in the denominator. Using the Eq. (15), the formula for the concentration in the solvent can be obtained:
is the oxygen concentration in the solvent at a pressure of 1 atm. Therefore, the concentration of O 2 at the gas-electrolyte film interface, C O poly0 2 , is expressed by
where P denotes atmospheric pressure. C RT
/P refers to the actual partial pressure of O 2 [Pa] .
Assuming that all diffusion fluxes reaching the three-phase boundary are completely consumed by reaction, the mass balance equation in the polymer phase in the radial direction of a secondary pore can be expressed as follows:
According to the schematic illustration of species fluxes in a secondary pore (Figure 2(b) ), the term on the left-hand side of Eq. (16) describes the diffusion fluxes of dissolved gases through the electrolyte polymer J i poly based on process 3 shown in Figure 1 . The term on the right-hand side Eq. (16) refers to the flux of the gases used in the electrochemical reaction at the three-phase boundary J i used (process 4 in Figure 1 ). Typically, the ORR rate is governed by the Tafel equation, and the ORR activity is considered in terms of current per unit surface area of the electrode or current per unit volume of the agglomerate. However, in the present work, ORR activity is expressed in terms of current per unit active Pt surface area so that the reaction model becomes independent of the effect of structural parameters. The migration of protons in the polymer phase and electrons in the electron conductive phase, i.e., carbon black (refer to process 5 in Figure 1 ), obeys Ohm's law:
where i e and i p are the electron and proton current densities in a secondary pore, respectively. σ e and σ p are the electron and proton conductivities, respectively. Φ e and Φ p are the local electronic and protonic potentials, respectively. The cross-sectional area of proton conduction per pore, A poly , is defined by the following equation: and A e is the cross-sectional area of electron conduction per pore. The ohmic drop caused by electron conduction is considered to be negligible; hence, A e is set to 1 (sufficiently large value).
The conservation of current can be described by Kirchhoff's law:
No protons are generated at the diffusion layer/ catalyst layer interface (x = 0), and no electrons are produced at the catalyst layer/electrolyte membrane interface (x = L). Therefore, the following boundary conditions for current density are obtained:
When the electrochemical reaction takes place, the electrode potential deviates from the equilibrium potential, and the local activation overpotential in the cathode is defined as follows:
The mass balance of the proton current density can be written as follows:
Boundary conditions for each gas
The boundary conditions and transport phenomena corresponding to the cathode-side MEA are described in Figure 2(c) . Assuming that a gas flow channel behaves as a continuous stirred-tank reactor, the O 2 concentration at the gas flow channel/diffusion layer interface on the cathode side,
, is equal to that at the outlet of the gas flow channel. Therefore,
can be determined from the mass balance in the gas flow channel as follows:
where A is the geometric area of the electrode (5 cm 2 in this work). U is the flow rate of the supplied gas [m 3 s
]. P t is the total pressure of water and O 2 in Pa, and P bub is the water saturation pressure [kPa] at the temperature of the bubbler T bub [°C] . The dependence of P bub on T bub can be expressed by Antoine's equation as given below (Society of Chemical Engineers, Japan, 1999):
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Consequently, the concentration of O 2 at the diffusion layer/catalyst layer interface (x = 0) on the cathode side can be calculated by Fick's law as
Similarly, the boundary condition can be obtained from the water flux conservation as follows:
where J w trans is the net water flux transmitted through the membrane owning to back-diffusion and electroosmotic force. J w trans is equal to the flux at the catalyst layer/electrolyte membrane interface J w (x = L). Consequently, the concentration of water at the diffusion layer/catalyst layer interface, C w (x = 0), on the cathode side can be calculated by Fick's law as follows:
where D w gas is the diffusion coefficient of water in the gas phase.
At the catalyst layer/electrolyte membrane interface (x = L), the O 2 flux caused by a concentration gradient across the membrane is very small and is plausibly negligible. Thus, the following boundary condition for O 2 can be obtained:
Considering the water flux at the catalyst layer/ electrolyte membrane interface (x = L), two types of water flux exist: one due to the gradient of water activity across the membrane, and the other due to electroosmotic drag:
where J w os denotes the water flux caused by electroosmotic drag. At a constant cell temperature, J w os is proportional to the cell current density I and can be expressed as
where ξ is the electro-osmotic drag coefficient of water, which depends only on temperature. The relationship between ξ and temperature is expressed by a polynomial approximation (Ren and Gottesfeld, 2001 ):
However, the abovementioned relationship is determined using a fully hydrated membrane in equilibrium with liquid water, and it has experimentally been determined that the ξ decreases in partially hydrated membranes (Springer et al., 1991) . Thus, the electroosmotic drag coefficient in a partially hydrated membrane, ξ′, is assumed to be linearly proportional to the water content λ:
where υ represents the proportionality factor. Since it is difficult to estimate the diffusion coefficient for a partial hydration, υ is determined using a fitting procedure so that the ohmic loss in the electrolyte membrane is accurately determined.
It is important to consider the physical parameters as a function of λ, which affects the cell performance. Proton conductivity is largely dependent on λ. The following equation (Springer et al., 1991) The relationship between λ and water activity, a, can be measured at 30 and 80°C as follows (Springer et al., 1991; Hinatsu et al., 1994) : At temperatures between 30 and 80°C, the λ is estimated as a function of water activity by linear interpolation. In this model, the water activity is estimated from the concentration of water gas, C w gas , as follows: 
Formulation of hydrogen crossover
A small amount of hydrogen gas is transported from the anode to the cathode through the electrolyte membrane. This hydrogen gas is considered to react directly with O 2 on the cathodic catalyst surface, thereby decreasing the efficiency of electricity generation. This phenomenon of waste hydrogen passing through the electrolyte is known as hydrogen crossover, which obeys Fick's law. Hydrogen crossover reduces the theoretical electromotive force E 0 as the current density produced cannot be taken to the external circuit. E 0 can be estimated from the Nernst equation, and its estimated value is 1.23 V under standard conditions (1 atm and 25°C). To take the effect of hydrogen crossover on cathode polarization into consideration in the modeling, it was assumed that all the hydrogen reaching the cathode reacts electrochemically on the catalyst, and this reaction proceeds concurrently with O 2 reduction. Based on above assumptions, the parasitic current generated by cathodic hydrogen oxidation, I cross , can be obtained from the hydrogen crossover flux J H 2 , which is calculated by Fick's law.
Because of the existence of a parasitic current, the effective cathodic current density, I eff , needed to sustain a load current density I is obtained by:
The effect of I cross on the cathode overpotential is accounted for by substituting I eff for I in the Tafel equation (Murgia et al., 2003) η act = bln I -bln i 0 .
Hence, we obtain
where b is the Tafel slope, and i 0 is exchange current density [A cm -2 -electrode]. η′ act can be considered to be the sum of the cathodic activation overpotential, η act , and overpotential caused by hydrogen crossover, η cross . The two overpotentials can be distinguished mathematically as follows: The first term in the final equation corresponds to the overpotential caused by hydrogen crossover when the current density is not equal to zero. When the current density is equal to zero, η cross can be calculated using the following equation:
We have also considered the effect of hydrogen crossover on the output voltage E. Since the anodic overpotential is negligible owning to the rapid hydrogen oxidation reaction, the E can be calculated from the following equation.
where E 0 is the theoretical electromotive force, η act is the cathode activation overpotential, η IR is the ohmic loss in the electrolyte membrane and η cross is the overpotential caused by hydrogen crossover. E 0 is estimated from the reactant gas conditions (absolute temperature T and pressure P) using the following equation (Maggio et al., 2001 ). 
Electrolyte membrane model
The ohmic overpotential in an electrolyte membrane, η IR , can be described by Ohm's law as follows:
where l mem denotes the thickness of the electrolyte membrane, and σ mem is the proton conductivity of the membrane. In the model, proton conductivity at the electrolyte membrane/cathode catalyst layer interface (x = L) can be calculated from the water activity. Thus, the value of proton conductivity σ p (x = L) can be calculated under certain operational conditions. However, σ mem is not identical to σ p (x = L) because water activity across the membrane varies with the direction of the thickness-axis, and this leads to a change in σ p . Therefore, the value of σ mem is estimated using the arithmetic average of σ p (x = L) and the proton conductivity at the electrolyte membrane/anode catalyst layer interface, σ p (anode side), as a representative value:
Anode model
The anode model is similar to the cathode model, but in this case, the value of the exchange current density is assumed to be large enough so that the anodic activation overpotential becomes negligible.
Simulation
The developed mathematical models are divided into three submodels; cathode, electrolyte membrane, and anode. These three submodels are combined and model simulation is carried out using an implicit method on Microsoft Visual C++. Finally, the cell performance was predicted and compared with that obtained from experiments.
Experimental Section
Preparation of MEAs
Vulcan X-72 carbon ink was homogenized for 20 min and printed on Teflon-coated carbon paper (EC-TP1-060, ElectroChem, Inc.) to form diffusion backings. Carbon-supported Pt catalyst powder supplied by Tanaka Kikinzoku Co. Ltd. (TEC10E50E; Pt particle size: 2-3 nm; Pt/C ratio: 46.5 wt%) was used as the catalyst for both anode and cathode. The catalyst ink was homogenized for different periods of time, namely 5, 30, 60 and 90 min, to control the catalyst agglomerate size. The catalyst ink was then printed on the diffusion backings by the screen-printing to make catalyst electrodes. Nafion ® 112 (thickness: 50 µm) was employed as the electrolyte membrane of the MEAs. The membrane was boiled in 1 M nitric acid at 90°C for 1-1.5 h to remove organic impurities, and was then rinsed in deionized water at 90°C for 1 h.
Finally, the anode and cathode electrodes with dimensions of 2.25 cm × 2.25 cm (a total geometric electrode area of 5 cm 2 ) were placed on both sides of the membrane, and were then hot-pressed at 2 kN and 130°C for 1 min to fabricate the MEAs.
Structural analysis of electrodes
Laser diffraction method (Sysmex-Matersizer 2000) was employed to determine the catalyst agglomerate size distributed in the catalyst ink. The primary and secondary pore structures of the MEA electrodes were investigated by mercury porosimetry (Auto Pore 9520, Micromeritics Instrument Corp.) and bubble point tests (Perm porometer, PMI), respectively, to determine the effect of homogenization time on the electrode microstructure. To observe macroscopic changes in the morphology of catalyst layers prepared with different agglomerate sizes, scanning electron microscopy (SEM) was employed to examine the surface of the electrodes.
Electrochemical measurements
Pure H 2 and N 2 gases were bubbled through deionized water baths at 58°C to achieve 90% relative humidity (RH) for a cell temperature of 60°C. The humidified H 2 and N 2 gases were further supplied to the anode and cathode sides at flow rates of 100 and 500 mL min -1 , respectively. A single-cell MEA was connected to a potentio/galvanostat (P/G stat) (HZ-5000: HAG3001, Hokuto Denko Co. Ltd.) for the in situ CV test under gas-phase conditions at a sweep rate of 20 mV s -1 (Morikawa et al., 2004; Sasikumar et al., 2004) . From the result of the CV test, an electrochemical parameter known as the electrochemical surface area (ESA, cm 2 -Pt cm -2 -electrode), which was used to estimate the exchange current density per unit surface area of Pt was estimated.
Performance tests of single-cell MEAs
The MEA performance, namely polarization curves and ohmic loss, was tested under the same conditions stated above, except that O 2 was fed into the cathode instead of N 2 . The polarization curves were obtained using a galvanostat (HJ1010SM8A, Hokuto Denko Co. Ltd.), and the ohmic loss was measured on a HZ3000: HAG5010 potentio/galvanostat using the current interruption method.
Results and Discussion
First, experimental analyses of the catalyst structures were carried out to verify the validity of cylindrical secondary pore-based models. Then, the ORR activity of the catalyst was determined to support our idea on the separation of structural and reaction parameters.
Determination of catalyst agglomerate size in catalyst ink
The agglomerate size distribution in catalyst inks homogenized for different periods of time is depicted in Figure 3 . From the results, two main peaks were observed: one at around 0.1 µm and the other above 1 µm. Kim et al. (2004) studied the particle size distribution of Nafion ® ionomer using the dynamic light scattering (DLS) method and observed changes in the peak position in the region corresponding to 0.04-0.8 µm. Thus, the first peak was believed to come from the particle size distribution of Nafion ® ionomer in the dispersion solvent (Kim et al., 2004) , for which similar results were also observed by Lim et al. (2006) As a result, the second peak was thought to contribute to the agglomerate size distribution. This clearly showed that by increasing homogenization time, the agglomerate size could be decreased.
Effect of homogenization time on structure of
MEA electrodes MEA electrodes fabricated from different catalyst inks, as stated in Section 3.1, were investigated by mercury porosimetry and bubble point test for determination of their primary and secondary pore sizes, respectively. The primary pore size distributions of the MEA electrodes measured by mercury porosimetry are presented in Figures 4(a) and (b) . The mean primary pore size was unaffected by homogenization time, and thus the catalyst agglomerate size. The mean pore size of each electrode was approximately 60 nm, which corresponded to the reference range proposed by Uchida et al. (1996) (20-40 nm) . This implied that the present method of catalyst ink preparation (homogenization or ultrasonication) and the catalyst used herein (carbon-supported Pt) prevented the penetration of Nafion ® ionomer into primary pores of catalyst agglomerates. This could not be avoided even when the catalyst agglomerate size was significantly reduced.
Since the reliable data range of mercury porosimetry was 2-100 nm, a bubble point test that would yield accurate results 100 nm was introduced to measure the secondary pore size, which was normally around 40-1000 nm. The secondary pore size distributions of the examined electrodes are presented in increasing homogenization time. As a result, the mean pore sizes, which corresponded to a large number of pores, were used as secondary pore sizes in the model simulation, namely 550, 430, 400, and 360 nm for homogenization times of 5, 30, 60, and 90 min, respectively. The results obtained from mercury porosimetry and bubble point tests proved that the most utilizable Pt particles were present on the surface of secondary pores. Consequently, the assumption of cylindrical secondary pore-based model is valid, and by considering diffusion and reaction in secondary pores, those in the primary pores could be neglected. From the decrease in agglomerate size in the catalyst ink and the decrease in secondary pore size, it can reasonably be speculated that the agglomerate size in the catalyst layer can actually be decreased by increasing the homogenization time. The effect of homogenization time on macroscopic changes in the morphology of the surface of the catalyst layer was investigated using SEM. Figures 6(a) and (b) represent SEM micrographs of the surface of the MEA electrodes homogenized for 5 and 90 min, respectively. As is evident from the micrographs, small agglomeration (grey elements) and small secondary pore size (black elements) with uniform distribution can be achieved by homogenizing the catalyst ink for a long period of time. This result concurs with that obtained from the bubble point tests showing a decrease in the secondary pore size. Table 2 summarizes structural parameters of the catalyst layers, i.e., agglomerate size, and average primary and secondary pore sizes, as measured by the experiments described above. 4.3 Determination of ORR activity from experiments 4.3.1 Electrochemical surface area (ESA) and Pt utilization (U Pt ) CV tests were carried out to examine the variation in the ESA [cm 2 -Pt cm -2 -electrode] and U Pt [%] with homogenization time. ESA and U Pt can be calculated from the cyclic voltammograms (Figure 7) using the following equations:
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where Q H [µC cm -2 -electrode] is the electric charge for hydrogen desorption on the Pt catalyst after subtracting the double layer charge (left-upper peak in Figure 7) . Q Pt is the charge associated with the oxidation of atomic hydrogen on the smooth surface of polycrystalline Pt, which is equal to 210 µC cm -2 -Pt (Watanabe and Motoo, 1975; Anger et al., 1989) .
As shown in Figure 7 , the area of the hydrogen desorption peak increased with increasing homogenization time, contributing to an improvement in ESA and U Pt . This was because with a longer homogenization time, smaller agglomerate size can be achieved, and the smaller agglomerates were better dispersed and bound to the Nafion ® ionomer to form three-phase boundaries in the catalyst ink. In addition, when the agglomerate size was small, unused Pt catalyst existing mostly inside the agglomerate was reduced, leading to an increase in ESA and U Pt . The values of ESA and U Pt of the MEAs are presented in Table 3 , which summarizes reaction parameters obtained from experiments in this work. 4.3.2 Exchange current density per unit active surface area of Pt (i 0,Pt )
As stated earlier, the main disadvantage in considering ORR activity in terms of current per unit surface area of the electrode (i 0 ) or current per unit volume of the catalyst layer or agglomerate is that this reaction parameter takes the effect of structural parameters of the catalyst into account, e.g., agglomerate size, catalyst porosity, dispersion of electrolyte, etc. For this reason, various values of ORR activity are presented for the same catalyst in previous models. As a result, comparison of the performance of different catalysts and catalyst structures becomes difficult, and this contributes to the inefficient use of modeling approaches for designing a high-performance catalyst and catalyst structure for PEFCs. To avoid the influence of catalyst structure and to study the catalyst ORR activity more effectively, the exchange current density is considered per unit active surface area of Pt (i 0,Pt [A cm -2 -Pt]), and is calculated as follows:
Polarization curves obtained for the MEAs used in this work were measured by the cell performance test and are depicted in Figure 8 . It was apparent that the MEA prepared at the longest homogenization time (90 min, in other words, the smallest catalyst agglomerate size) delivered the best performance, and vice versa. This was because decrease in the agglomerate size resulted in an improvement of the morphology of the catalyst layer. The main reason for this is the improvement in U Pt described earlier in Section 4.3.1. As is evident from the SEM micrographs, with small pores and small agglomerates with uniform distribution, the surface of the catalyst layer became smooth. This ensured the good contact between the electrodes and the membrane in MEA fabrication. As a result, proton conductivity at catalyst layer/electrolyte interface was improved, and thus the ohmic loss was reduced (Table 3) .
From the results of the cell performance tests, Tafel plots for those MEAs were analyzed and depicted in Figure 9 . The values of i 0 were estimated at potential = 0 from the linear extrapolation of a Tafel slope of about -2.3 × 2RT/F (Langmuir region), which corresponded to the potential range of approximately 0.7-0.85 V vs. RHE (Sepa et al., 1986; Kabbabi et al., 1994; Limjeerajarus et al., 2009) . Calculation of i 0 was performed in this potential range in order to avoid the effect of adsorbed oxygen-containing species, which caused the decrease in ORR rate by inhibiting the O 2 gas from the reaction site. Previous works have showed that very low adsorption of oxygen-containing species is detected in this potential range (Damjanovic and Brusic, 1967; Sepa et al., 1981; Parthasarathy et al., 1991; Tada et al., 2007; Limjeerajarus et al., 2008 Limjeerajarus et al., , 2009 . Meanwhile, in very high-potential region (at potentials above 0.85 V vs. RHE), the Tafel slope rapidly decreased due to the large number of the adsorbed oxygen-containing species. Hence, the data in the very high-potential region was not used for calculating i 0,Pt in the present work. Consequently, the values of i 0 were converted to i 0,Pt using Eq. (50).
The dependence of i 0,Pt on the catalyst agglomerate size (Figure 10 ) indicated that the values of i 0,Pt remains almost constant at 2.7 × 10 -6 A cm -2 -Pt, regardless of the agglomerate size. The average value of i 0,Pt also corresponded to that of catalysts with different Pt/C ratios reported in our previous work, i.e., 2.6 × 10 -6
A cm -2 -Pt (Limjeerajarus et al., 2009 ). The constant value of i 0,Pt (even when agglomerate size was significantly reduced) indicated that the reaction parameters of same types of catalyst should be identical, regardless of the catalyst structure. Therefore, this experimental result coincided with our proposal that structural and reaction parameters of a catalyst should be independently considered in PEFC modeling.
Model simulation and validation
Simulations were performed using the structural and reaction parameters presented in Tables 2 and 3 , and the physical parameters and operating conditions presented in the bubble point tests were considered to be 550, 430, 400, and 360 nm for homogenization times of 5, 30, 60, and 90 min, respectively. The values of U Pt obtained from the CV tests varied in the range of 16-35% for homogenization times of 5-90 min. Experimental results revealed that the ORR activity was identical for each catalyst, regardless of the catalyst structure. Therefore, the average value of ORR activity i 0,Pt , i.e., 2.7 × 10 -6 A cm -2 -Pt was used for all simulations. I-V cell performance obtained from simulations was then compared with the experimental performance; the comparison results are shown in Figure 11 .
Considering validation results in the entire potential region shown in Figure 11 , the simulation results obtained with the developed model were in good correspondence with the experimental results. This implied that a PEFC model has been successfully developed by separately considering structural and reaction parameters. In addition, unlike previous models, the present model can be used to study the effect of each parameter individually without taking into account the influence of other parameters. Therefore, the developed model can be employed as a useful tool for future de- To study the effect of each parameter on the PEFC cell performance, sensitivity analysis of the parameters used in the model was carried out. In brief, the simulation results showed that reaction parameters such as ORR activity have a significant effect on the cell performance in the high-potential region (above 0.7 V). On the contrary, structural parameters such as electrochemical surface area and secondary pore size affect the cell performance in the low-potential region. These simulation results are in concurrence with those reported by other research groups (Wang, 2004; Weber and Newman, 2004a ) that the high-potential and the low-potential regions are well known as the reaction dominant region and the mass-transfer limitation dominant region, respectively. However, at potentials above 0.7 V (Figure 11 ), the developed model overestimated the cell performance, and the discrepancy between simulation and experimental results increased with the increasing potential. This overestimation can be explained by the lack of consideration of effect of oxygen-containing species adsorbed on the Pt surface area, which contributed to decrease in cell performance in the high-potential region (Damjanovic and Brusic, 1967; Sepa et al., 1981; Limjeerajarus et al., 2008) . According to previous works (Siegel et al., 2003; Carnes and Djilali, 2005) , this effect can be taken into account by using two values of i 0 for the two different Tafel slope regions (i.e., -2.3RT/F in the high-potential region and -2.3 × 2RT/F in the low-potential region). However, the aim of this work is to focus on the macroscopic structures of the catalyst layers, and thus only one value of i 0 for a Tafel slope of about -2.3 × 2RT/F was used. To construct more accurate models in the future, such microscopic reaction phenomenon should be taken into consideration. By separately considering structural and reaction parameters, the effect of oxygen-containing species can be easily introduced into PEFC modeling as a reaction parameter, which is now being developed in our group.
Conclusions
In the present work, a PEFC model that focuses on reactions and transport phenomena in the catalyst layer has been systematically developed. The structural and reaction parameters were independently considered in the model, in which ORR activity was expressed as current per unit active surface area of Pt [A cm
Thus, the developed model can be used to demonstrate the effect of each parameter on the cell performance without taking into the influence of other parameters, which occurs in previous models and in experimental approaches. This modeling approach was supported by the experimental results, according to which the ORR activity [A cm -2 -Pt] remained almost constant for the same catalyst types, regardless of the agglomerate size. In addition, the results of mercury porosimetry showed that primary pore size remained unchanged even with a decrease in the agglomerate size. This confirmed that in the Pt/C catalyst, penetration of Nafion ® ionomer into primary pores was restricted, and thus the diffusion and reaction in the primary pores of the agglomerates were negligible. As a result, for PEFC MEAs prepared with Pt/C catalysts, the assumption of cylindrical secondary pore-based model was valid, and the primary pore models could be neglected to make the model less complicated. This finding coincided with the model validation, in which the simulation results of cell performance were in good agreement with the experimental results, except in the very high-potential region. Further improvement of the model in the highpotential region is in progresss by considering the effect of adsorbed oxygen-containing species. Therefore, the developed model and the proposed modeling methodology can be used to predict the cell performance and to develop system and material designs for PEFCs. ink samples. = electron-conducting phase eff = effective gas = gas phase gen = generated from reaction in = inlet of fuel gas os = electro-osmosis out = outlet of fuel gas poly = proton-conducting polymer electrolyte poly0 = gas/electrolyte interface polyL = electrolyte/Pt interface t = total trans = net water flux transporting between anode and cathode used = used in the reaction
Nomenclature
